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This lecture addresses some recent developments in modelling obomgoic thermodynamic and hydrodynamic non-equilibrium
phenomena in convective phase change (boiling and condensation) of pure fluids anesixbper accounting of such
phenomena may hold the key to explain and predict deviations from theallésguilibrium) phase change convective heat
transfer behaviour reported in the literature and yet not fully understood.

In the first part of the paper, a detailed qualitative description otthssical heat transfer coefficient behaviour is presented
together with two examples of departure from macroscopic equilibriumlyasgpported by experimental evidence. The second
part of the paper reviews successful attempts to model the non-equilipnase change phenomena taking place in the two
situations.

The first example is a thermodynamic non-equilibrium slug flow modelr{ameich saturated Taylor bubbles become separated by
slugs of subcooled liquid) that predicts the peaks in heat transfeicoemffat near-zero thermodynamic quality observed in forced
convective boiling of some pure liquids. The occurrence of such paggge of low latent heat, low thermal conductivity systems
and of systems in which the vapour volume formation rate for a giverlilhest farge.

The second example is a comprehensive annular flow calculation methodologrethets the decrease in the heat transfer
coefficient with increasing quality observed in convective boilingrarigiand multicomponent mixtures. In this case, as will be
seen, coupled mass transfer resistance and hydrodynamic non-equilibriuts géfeerate concentration gradients between the
liquid film and entrained droplets that are responsible for the heat tradsferioration. In addition,

it will be shown that for condensation of mixtures the methodology mwediatat transfer intensification which has been
subsequently confirmed by independent experimental results.

Keywords: Two-phase flow, phase change, non-equilibrium modelling, slug flow, annular flow.
1. Introduction

This paper is dedicated to the study of forced convective badingure fluids and mixtures. Non-equilibrium
models are reviewed in an attempt to explain situations in whiphree from the classical (i.e., textbook) heat
transfer coefficient behaviour takes place. Experimental gonditunder which such deviations were observed are
typical of most industrial phase change equipment.

A substantial portion of industrial heat exchange processesénpblase change at low to moderate heat fluxes
(Hewitt et al., 1994), thus making phenomenological flow pattern basekls for intermittent (e.g., slug) and wall
film (e.g., churn and annular-dispersed) flows an attractive ftwolmproving existing design methods traditionally
built upon equilibrium correlations (Webb and Gupte, 1992; Collier and Thome, 1994).

The major challenges in flow regime based modelling aresdlied interpretation of observed non-equilibrium
phenomena and their adequate representation aiming at the improvement ahkésat predictions. Two types of non-
equilibrium effects will be dealt with in this lecture, naméhermodynamic non-equilibriunthat resulting from local
departures from saturation (subcooling or superheating) with intiphsaon the distribution of phases and of phase
velocities within the heated channel; dnairodynamic non-equilibriupthat resulting from phase and phase velocities
distributions within the channel (e.g., slippage and droplet entraipmihtimplications on the local thermodynamic
balance within and between the phases.

The non-equilibrium effects treated in the present work extenmd fow to high qualities and are concerned with
phase change of pure fluids as well as mixtures. There is,fdleeren great potential for incorporating such
formulations in design methods. For instance, as pointed out by Wadek#&tenning (1990), a considerable number
of industrial reboilers operates in conditions typical of intdent flows. Recent experimental (Urso et al., 2002) as
well as modelling (Sun et al., 2004) efforts are being madetter understanding the particular features of such flows
in the context of phase change equipment.

In what follows, Section 2 reviews important concepts relatedthe definition of thermodynamic and
hydrodynamic equilibrium in forced convective flows with phase chahge&ection 3, two examples extensively
reported in the literature of departure from the equilibrium sespriation of the heat transfer coefficient behaviour in
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convective boiling are presented. The first example is therracme of heat transfer peaks in the near-zero quality
region and the second example is the deterioration of hedetranefficient for binary and multicomponent mixtures
at high qualities. Phenomenological models based on thermal and hydrodynamic noriteqéfilects put forward by
the present author and collaborators are reviewed in Sectioms 8. &inally, conclusions and recommendations for
future work are presented in Section 6.

2. Some equilibrium phase change definitions
Prior to the portrayal of non-equilibrium phenomena in convegthase change, some important parameters of
thermal and hydrodynamic equilibria will be described. A qualgatissessment of the heat transfer coefficient
behaviour will be presented at the end of this section.
2.1. Heat transfer coefficient
The local, time-averaged heat transfer coefficient is defined as,
Qw

e U 1
T —To @

where g, is the wall heat fluxT,, is the local, time-averaged wall temperature @nds the local, time-averaged bulk
temperature. In the region downstream of the saturation p'fy'nt,Tsat(p), where pis the local pressure. Figure 1
illustrates the profiles of, and T, for a pure fluid at constant wall heat flux.

SATURATION
POINT

TEMPERATURE

——  Saturation temperature
Equilibrium bulk temperature

EQUILIBRIUM QUALITY OR DISTANCE ALONG THE PIPE

Figure 1. Bulk and saturation temperature profiles as a function of distance
along the pipe. Constant wall heat flux.

In boiling of liquid mixturesT, is the local bubble-point temperatur,,,. Alternatively, in condensation of
vapour mixturesT, is the local dew-point temperaturg,,,.

2.2. Quality
The equilibrium quality is defined as,

h- hL,sat )

hG,sat - hL,sat
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where his the local specific enthalpy of the fluid (single phase ar-Wwase) anch_,;and hg ¢, are the saturated
liquid and vapour enthalpies, respectively. Thus, in the two-phase saturated hggips h< hg ;;and 0< x, <1.In
the subcooled regiorh < h, ¢,; and x., <0 and in the superheated regibm hg o, and X, > 0.

The vapour dynamic mass fractidor thereal or hydrodynamic qualilyis defined as the ratio of the mass flow
rate of vapour and the total mass flow rate,

Mg

MG +ML

As opposed to the equilibrium quality, the real quality varies between 0 and 1, and is independent of the local
thermodynamic state (saturated, subcooled or superheatedjefi@agiour ofx.,and x; as a function of enthalpy is

illustrated in Figure 2.
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Figure 2. An illustration of the difference between the equilibrium ancetdeguality.

In real flows in vaporization equipment, due to radial gradiensupérheat (higher temperatures near the wall),
bubble generation takes place adjacent to the wall whildiuteis still subcooled. This explains the existence of the
region labelled as ‘vapour already’ in Figure 2. Analogously, tiggid still' region in Figure 2 accounts for the
coexistence of superheated vapour and liquid droplets in the higtyaaglon. In great part of the saturated region,
however, there is a superposition of equilibrium and real qualéabling the convenient determination of vapour
flow rates from energy balances. A more detailed exploratidhe definitions of quality was provided by Baehr and
Stephan (1998).

2.3. Regimesin convective boiling and the classical heat transfer coefficient behaviour

The classical (i.e., textbook) interpretation of the flow and traasfer problem in convective boiling is presented
through an analysis of Figures 3 and 4, adapted from Collier and TH&®%). In Figure 3, the heat transfer regimes
in convective boiling are represented qualitatively as a fundi@nthalpy (hence equilibrium quality) and wall heat
flux. Figure 4 presents the qualitative behaviour of the neasfer coefficient as a function of equilibrium quality and
of heat flux. The total mass flow rate and the pipe geometngttieand diameter) are assumed constant and, for
simplicity, the pressure drop is assumed negligible.
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Figure 3. Two-phase forced convective heat transfer regimes as a fuoicmuilibrium quality
and heat flux (Collier and Thome, 1994).
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Figure 4. Qualitative heat transfer coefficient behaviour as a furattiequilibrium quality
and heat flux (Collier and Thome, 1994).

In Figures 3 and 4, lines (i) to (vii) represent increasing fiea conditions. Curve (i) relates to a low heat flux
condition, and together with curve (ii), envelope the (design) opematimgdjtions of two-phase heat transfer equipment
(e.g., evaporators, reboilers etc.). Flow patterns within this rangeadfluxes are typically those observed in adiabatic
gas-liquid flows (i.e., bubble, slug, churn, annular and mist flows). didapletion in the near wall region takes place
at relatively high qualities and is associated with the phenomenon of liquidifiiout’ (rather than the departure from
nucleate boiling — DNB — typical of high heat fluxes — for more details seeiCatfid Thome, 1994).

All of the non-equilibrium effects reported in this paper ocgithin the low heat flux range of the boiling region
illustrated in Figures 3 and 4 (curves i and ii). In this reggtarting with heat transfer to saturated liquid near the
entrance of the channel, subcooled boiling is initiated giving ois:tincreasing heat transfer coefficient (defined in
this region as the rate of the wall heat flux to the differdrateveen the wall temperature and the bulk temperature).
After equilibrium saturation has been attained, the heat traosédficient (now defined as the ratio of the wall heat
flux to the difference between the wall temperature and the Batutemperature) remains approximately constant and
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independent of quality (reflecting the dominance of nucleatenigadiffects). Further downstream, as quality increases,
there is a transition to a heat transfer mode dominated by foocegction and the heat transfer coefficient increases
with increasing quality up to the point of critical heat flux (CHF), charamtd by the ‘dryout’ of the liquid film.

3. Departure from the classical behaviour

As pointed out by Hewitt (2000), the representation of the heagfer coefficient behaviour delineated in Section
2 has been the basis of design calculations for forced convdudileg for many years, with correlations being
developed to represent the various regions of Figures 3 and thislrsection, the non-equilibrium phenomena
responsible for substantial departures from this classicadgepiation will be identified. Physical interpretations of
these phenomena will be provided together with phenomenological models for tHeitique

3.1. Heat transfer peaks at near-zero qualities

The first case of departure from the classical behaviousrofective boiling heat transfer is the occurrence of heat
transfer coefficient peaks in the region of near-zero equilibrjuality. The peaks were observed in boiling of
hydrocarbons (Kandlbinder, 1997; Urso et al., 2002) and of water at sobpdttenic pressures in vertical channels
(Cheah, 1995), and in boiling of refrigerants in horizontal tubes (Kattan et al., Tl89%g, 1995).

An example of the phenomenon of near-zero quality heat transks isedepicted in Figures 5 and 6. The results
were obtained by Kandlbinder (1997), who was the first to investiyatematically this effect. The experiments were
performed in a 0.0254 mm ID, 8.5 m long vertical tube with n-pentane, ndaxahiso-octane (pure and mixed) and
covered ranges of mass flux from 140 to 510 kg/m2s, of heat flux from 10 to 60 kw/m2t stiimtooling from 40 oC
to 10 oC and of pressure from 2.4 to 10 bar.

More recently, Urso et al. (2002) extended Kandlbinder’'s database througliare-boiling experiments covering
total mass fluxes from 70 to 300 kg/m2s. They aimed at obtainivigea equilibrium quality range inside which sub-
annular flow patterns (bubble, slug and churn) would persist over ldigtances along the channel. Zones of heat
transfer enhancement in the near-zero quality region were observetdbpea

An explanation for the existence of near-zero quality peakspwesied quantitatively by Barbosa and Hewitt
(2004). According to the theory, in a situation where the conditiontsutaiole nucleation at the wall are poor, the layer
of fluid adjacent to the wall becomes highly superheated. Therafooe, a bubble is nucleated it grows rapidly,
suddenly releasing the thermal energy stored in the surrounding liquid. Under samestinces, the rate of change in
void fraction associated with bubble growth may be high enouglgteetran abrupt flow pattern transition leading to
the formation of a vapour plug (Figure 7).

The postulated mechanism for the formation of the vapour pludénstbcooled region is supported by
experimental evidence by Jeglic and Grace (1965), who studied theobrfk®v oscillations in forced convective
boiling of subcooled water at sub-atmospheric pressures in eddlgtieated tubes (constant wall heat flux). They
observed that the flow oscillations were accompanied by a afglof change in void fraction, whose association with
the formation of a vapour slug was confirmed through visual observation ddwhstfucture.
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Figure 5. Heat transfer coefficient as a function of the equilibriunitgiishturated region) and of subcooling
(subcooled region) in flow boiling of n-pentano (Kandlbinder, 1997).
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Figure 6. Heat transfer coefficient as a function of the equilibriunitgsaturated region) and
of subcooling (subcooled region) in flow boiling of n-pentane (Kandlbinder, 1997).
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Figure 7. Description of the postulated mechanism of formation of non-equilibrium
slug flow (Barbosa and Hewitt, 2004).

A detailed discussion concerning the mechanisms that favour theevwmiof near-zero quality peaks is given
elsewhere (Barbosa and Hewitt, 2004). In summary, the four mectsaai® (i) large vapour formation for a given
superheat, (ii) low liquid thermal conductivity leading to largéedénces between the wall temperature and the local
saturation temperature, (iii) high subcooling and (iv) low ntessssfer resistance to bubble growth. These mechanisms
were found to be prevalent in the situations where the phenomenoratofrénesfer peaks was identified in the
literature. Section 4 will review the mechanistic model rion-equilibrium slug flow that predicts the heat transfer
peaks in the near-zero quality region.

3.2. Heat transfer deterioration at high qualities: binary and multicomponent mixtures

The second case of departure from the classical behaviounwdative boiling heat transfer is the deterioration of
heat transfer coefficient with increasing quality at (high)litiea typical of annular flow. The heat transfer coefficient
behaviour as a function of quality is shown in Figure 8 (Kandlbinder, 19&#)lar behaviour was observed by many
investigators for a number of binary and multicomponent migtureboth vertical (Celata et al., 1994; Shatto, 1998)
and horizontal systems (Wettermann and Steiner, 2000). An mediterature review was carried out by Barbosa
(2001).

In binary and multicomponent evaporating systems, the differenadatility between the components gives rise
to axial gradients of concentration (and hence of saturatiopet@ture) in both liquid and vapour streams due to the
preferential evaporation of the more volatile component(s) @ren local component equilibrium occurs. Figure 9,
adapted from Thome and Shock (1984), illustrates the axial distributfosaturation and wall temperature for a
mixture and for a single component undergoing phase change in a tugeality increases, the liquid phase becomes
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richer in the less volatile component and the fluid saturationpéeature increases (in many cases, overcoming the
decrease associated with the negative axial pressure gradient).
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Figure 8. Heat transfer coefficient as a function of the equilibriunitgsaturated region) and
of subcooling (subcooled region) in flow boiling of 70% n-pentane, 30% iso-octane basisy
(Kandlbinder, 1997).
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Figure 9. Temperature profiles and boiling regimes for convective eatapo(Thome and Shock, 1984).

In the annular flow regime, without bubble nucleation at the wadl heat transfer coefficient decrease associated
with mixture effectdakes place in different ways depending on the form of heatipgsed to the surface (Wadekar,
1990). In the present context, mixture effects are definedeabuitd-up of concentration gradients adjacent to the
vapour-liquid interface resulting from the preferential evaporatioheofrtore volatile component(s). This decreases the
interfacial concentration of the lighter componeqtto a value lower than the bulk liquid phase concentralignFor

simplicity, ideal cases in which no droplet interchange (emtrant) exists are depicted in Figures 10.a and 10.b. These
figures exhibit temperature profiles across the liquid film gogscribed wall temperature and heat flux boundary
conditions, respectively. In both cases, profiles with and without mixturetetiee shown.
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Figure 10. lllustration of liquid phase temperature profiles; (a) wall teatypercontrolled case,
(b) heat flux controlled case (Wadekar, 1990). ~ denotes mole fraction.

In the wall temperature controlled case (Figure 10.a), dwedse in the heat transfer coefficient calculated
according to Eq. (1) is due to the reduction in the temperatwiegiforce is fromT,, - Typ(X,) to T, — Toun(X; ). In

the heat flux controlled case, the rise in the interface temperaturealaggmnge the temperature driving force. Rather,
this potential must remain unchanged so that the product of th€flonaheat transfer coefficient and the temperature

difference is equal to the applied heat flikhe increase in wall temperature frofy to T,, is illustrated in Figure
10.b.

So what causes the reduction of the heat transfer coefficientveldsso systematically in the literature for the
constant heat flux caséhe answer is practicality. For engineering design calonktit is more convenient to define

@ interms of T, —T,,u(X,) thanT,, - Tou(X, ), whereT,, is generally determined experimentally. Becaligg(X, )

is lower thanT,,;(X, ), the ratio of the wall heat flux to the design based wall supeihietso lower. It is therefore

expected that conventional prediction methods that do not take dfilests into account will overestimate the
experimental heat transfer coefficient.

As will be shown in Section 5, in order to properly quaniify and 'ITbub(ib) in the annular flow regime and

consequently predict the heat transfer coefficient under fomeeective boiling, two mechanisms must be accounted
for, namely,

a. Mass transfer resistance as a result of componentf&rgmial evaporation and formation of concentration
gradients adjacent to phase interface(s) in both phases;

b. A hydrodynamic non-equilibrium resulting from the difference in aweregncentration between the liquid
film and the liquid entrained as droplets in the gas core.

Iltem b above is a direct consequence of the processes of deapiginment and deposition; vigorous mass
exchange phenomena which disrupt the hydrodynamic equilibrium of annular Aloangst other effects, these
phenomena are known to exert a large influence on important flomnetma like pressure drop (Hewitt and Hall-
Taylor, 1970). Nevertheless, the significance of droplet integdhan forced convective boiling of mixtures seems to
have been overlooked in previous studies and the correct predictitiisomechanism may hold the key to
understanding the deterioration associated with the heat transféicieneat high qualities (Barbosa and Hewitt,
2001a, 2001b; Barbosa et al., 2002a, 2002b).

Figure 11 depicts an interpretation of the physics of the mixtaperization problem. In design calculations, the
two-phase flow pattern is usually ignored and it is implicbsumed that the whole of the liquid flow is available for
evaporation (Figure 11.b). Usually, a flash calculation is uselétermine the amount of liquid which has evaporated
for a given wall heat flux and the saturation (bubble point) teatpe of the mixture. The preferential evaporation of
the more volatile component gives rise to axial gradiehtaturation temperature and of mean concentration in both
phases.

In a real situation, however, where the annular flow patterfneigsiominant configuration, not all of the liquid is
present as a film coating the inner wall of the pipe. Ratheplets are generated from the crests of disturbance waves
which travel along the liquid film and these droplets becomeirattan the vapour core (Figure 11.a). The droplets
travel at approximately the same velocity as the vapouialéhg the channel, droplets are being exchanged between

!t is implicitly assumed that the liquid film heat transfer cogfitis independent of mixture effects. The validity of
such a hypothesis was discussed by Shock (1976).
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the film and the core by entrainment and deposition. However, this exchangesigid@nough to maintain equality of
composition between the droplets and the film. Bearing in mindditwgtlet evaporation may be negligible when
compared to that of the liquid film (the temperature driimge in the liquid film is much higher), one can argue that
in the actual situation not all of the liquid phase will be available for eviégoi a given distance along the pipe. This
hydrodynamic effect breaks down the thermodynamic equilibrium oekitip existing between quality and mixture
saturation temperature.

For the sake of clarity, let us consider first the simgadifsituation in which a certain amount of liquid is entrained
as droplets at the onset of annular flow and in which no furthemiemient or deposition occurs downstream of this
point. In this case, the initial film flow rate (amount of ligunitially available for evaporation) is equal to the total
liquid flow rate less the initial entrained droplet flow rdfgen in this ideal situation where the entrained liquid flow is
disregarded in the thermodynamic calculation, vapour-liquid equilibstilmdemands that a fixed amount of liquid
must be lost by evaporation for a given wall heat flux and, at the gfdiimh depletion (‘dryout’), the film (saturation)
temperature must be equal to the dew point temperature at tladl ogenposition. Since the film flow rate is less than
the total liquid flow rate, then (a) ‘dryout’ will occur at a dleordistance along the channel than it would if all the
liquid were in the film, and (b) the film saturation temperatafr@& given position will be higher than the saturation
temperature calculated for a case in which all the liquid flow is consideregl fihethmodynamic calculations.

Actual situation Implicitly
assumed in design

() (b)
ow [ | HiGH
Concentration of more volatile
component

Figure 11. Liquid phase distribution in annular flow of binary and multicomponent mixtures

Let us consider now the real situation where there is dropethange between the liquid film and the vapour
core. If droplet evaporation is ignored, then it is natural toesighat the droplets will retain a concentration equal to
that of the liquid film at the point at which they were creatmutréined). As an axial gradient of concentration is
established in the liquid film due to the preferential evapmmatf the more volatile component(s), droplets generated
at distinct (axial) positions will have distinct concentratidrfsus, at a particular position, a spectrum of concentration
is found in the population of depositing droplets, these droplets haviegn from a variety of positions upstream.
When calculating the rate of droplet deposition at a certaimdistane must take into account two important facts, (i)
the difference in concentration between groups of droplets, artg(iliquid film at that distance is richer in the less
volatile component than any depositing droplet. This would tend to smoatliffdsrence between distributions of film
concentration (and of liquid film temperature) obtained usingsitinglified ‘no interchange’ approach for each initial
entrained fraction.

In the forced convective region (absence of nucleate boiling)iquid film heat transfer coefficient is primarily a
function of local turbulence and of physical properties. In generagverwthe temperature change in the liquid film is
dominated by that occurring in the region near the wall wherdldleis laminar and turbulence is suppressed.
Between this near-wall zone and the interface, the temperdtanges little due to the mixing caused by turbulence.
This same mixing process in the film leads to a situation wiereomponent concentratioris the liquid film are
relatively constant and the interface concentration is d¢tnske mean (fully mixed) concentration in the liquid film.
This result was demonstrated quantitatively by Shock (1976), who dhibae for any mixture, irrespective of the
width of its boiling range, the effect of mass transfer inlitpgid film is small enough to be ignored; that is, the
interface concentration is close to that of the fully mixed film.

Shock (1976) also investigated the influence of mass transfle ikapour core. He found that the effects were
more significant than those for the liquid film (though still §in&he vapour created by evaporation at the interface
has to be transported through a laminar-like layer in the vapdjacent to the interface. This transport process is
achieved by a flow normal to the interface coupled with diffusivess transfer, the latter depending on the
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concentration gradient of the components. In the work described in this lectueentisstransfer processes have been
considered in detail. It transpires that their effect is kowmhpared to the drop/film concentration difference effect
mentioned above, though they could become significant in some circumstances.

4. Thermodynamic non-equilibrium dug flow
4.1. Governing equations

The model is based on a succession of slug units consisting glax Babble (formed as a result of the abrupt
vapour growth in the subcooled region) surrounded by a falling liquidafiicha liquid slug (Figure 12). Due to the
formation of the vapour plugs in the subcooled bulk region, it is @stlthat the liquid slugs are initially subcooled.
Additional simplifications are proposed: (i) a substantial portioth@fenergy associated with the high temperatures in
the near-wall region is consumed in the process of generdtithre @aylor bubble and therefore the falling film is
assumed saturated, (ii) phase change in the liquid slug and slugdmtipld-up are negligible, (iii) the thickness of
the liquid film surrounding the Taylor bubble is small compared wighpipe diameter, (iv) the mass of the liquid film
is small compared with that of the slug, (v) phase densitiesoatant within the slug unit, and (vi) the rate of change
of the Taylor bubble length with time is small compared withabeension velocity of the Taylor bubble. Energy
balances over the slug unit and the over the liquid slug give (Barbosa ant] 2@,

dL 1 4q,(Lg +L dT.
dB - qW( B S)_pLCpLLS S (4)
z  pghh, d; Vg dz
ds 1 dTs 44, (Lg +Ls)
—— =7 | CpLLs ; (5)
dz Ah, dz PLA:Veg
dfs 4 ; 1 dL —
S _ qw _p_G_ B ( at— S)l (6)

dz  dy PiCuVis P Ls dz

where Lg and Lgare the lengths of the Taylor bubble and of the liquid sluipmegTs is the average temperature of
the liquid slug,Vgg andV g are the velocities of the centre of mass of the Taylor lubbtl of the liquid slug,
respectively.

Taylor
Bubble

Liquid% m 12z

Slug

Figure 12. Geometry of a slug unit.
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To close the model, the above equations are combined with mass ctioserlationships borrowed from steady-
state slug flow models (Fernandes et al., 1983; Orell and Remb@#8], ylvester, 1987; De Cachard and Delhaye,
1996).

Ugs = BeVos - )
EBVGB+(1_£B)\/LB =Up, ®
Vis =Uy =Ugs+U s =G[L-x5)/oL +%6/Ps].  ®

Veg = 12U, +V,, (10)

whereU,, is the mixture velocity. The rise velocity of a Taylor bubble quiescent liquidy,, and the falling film
velocity, V, 5, are obtained through empirical relationships provided by Wallis (1969).
The model equations are solved so that at eaci\step value of 8 (defined as the ratio of the Taylor bubble

length to the length of the slug unit) is calculated togeth#r thie real qualityx; , and the remaining slug flow

parameters. It is postulated that the onset of slug flow @cetsd with the point at which vapour is initially formed
and the correlation of Saha and Zuber (1974) for the Point of Net ¥&sneration (NVG) is used to calculate the
distance from the liquid inlet up to the point of initiation of sliegv. The model of Saha and Zuber also provides the
liquid slug temperature at the onset of slug flow. A thorough dismusgincerning the determination of the initial
conditions for the Taylor bubble and liquid slug lengths is given elsewhergodeand Hewitt, 2004).

4.2. Heat transfer

In slug flow, the local time averaged wall temperature tauded in Eq. (1) is defined as (Barnea and Yacoub,
1983),

_ 1 tSp 1 tss tor Hsg

Ty=— [T, dt=—] T, dt+ |T,dt|=
tsp 0 lsp| 0 ts 1)

1 _ _ _ _

t_(tsf Tw,f +tssTw,S): ﬁTw,f +(1_18)TW,S

sp

In the liquid slug and in the Taylor bubble regions, superposition mddelforced convective boiling (Chen,

1966) were used to determine the local time-averaged wall tatopes. These are as follows (note that slug body
subcooling is assumed),

_ QW + ﬁfc,STS + ﬁnb,STsat

Tw s = — — , (12)
afc,S + anb,s

Twt = Tsar % : (13)
Aief T Qnp s

The forced convective terms of the heat transfer wiefits in the falling film and slug region&, ; and @' 5
were calculated using the Chun and Seban (1971) correlation and theg(106éh model modified according to
Butterworth and Shock (1982) to deal with subcooling effects. Theeatgcboiling termsa,,, ; and a,, swere
calculated according to the Chen (1996) model.

4.3. Reaults

The experimental heat transfer coefficient behaviour, together with fheedife between the slug temperature and
the equilibrium bulk temperature is shown in Figure 13 for a typig@mane boiling run. In this case, the temperature

difference increases from zero up to 30oC at the point Wherd,, and then starts to decreas®, is the local
equilibrium bulk temperature ant,, is the local saturation temperature. Two vertical limeBigure 13 define the

portion of the flow in which the slug flow pattern prevails adewy to the model. The line upstream of the peak
represents the NVG Point (Saha and Zuber, 1974) and the line downsfréae peak marks the transition to churn
flow according to the model of Jayanti and Hewitt (1992). In thisréiga coincidence is observed in the locations of
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the regions of maxima in thg, - Tg and in the heat transfer coefficient profiles. This fact waeied consistently in

the simulations (as can be seen from two examples in Figurasd1¥5a and is crucial to understanding the model’s
ability to predict the heat transfer coefficient peaks in the ner-quality region.

8.00

—4— Heat transfer coefficient (Kandlbinder, 1997) 0.4 — — 8000
Thbulk - Tslug

— Equilibrium quality L

6.00 —
— 6000

400 — — 4000

QUALITY

2.00 — — 2000

TEMPERATURE DIFFERENCE [deg C]
HEAT TRANSFER COEFFICIENT [W/m2.K]

0.00

0.00 2.00 4.00 6.00 8.00 10.00
DISTANCE [m]

Figure 13. Slug to equilibrium bulk temperature difference as a function ahdéstN-pentane, inlet pressure: 4.9 bar,
total mass flux: 376.0 kg/s, wal heat flux 50.0 kW/fm
inlet temperature: 60.°C.

A bubble that nucleates adjacent to the wall may grow suiflgi¢o form a vapour plug and induce an early
transition to churn flow in the subcooled bulk region. As this bubble raggito grow, it accelerates the liquid slug
ahead of it, thus reducing the residence time of the liquid slug in the pipe. Witretiéénce times reduced, the liquid
slugs will remain subcooled at greater distances along the fipeewaccording to the thermodynamic equilibrium
hypothesis, they should be saturated. As a result, at a givenceisthe real quality (and consequently the heat transfer
coefficient, because of a lower time-averaged wall teatper) will be higher than that calculated assuming
thermodynamic equilibrium.
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Figure 14. Slug to equilibrium bulk temperature difference as a function ahdéstlso-octane, inlet pressure: 3.1 bar,
total mass flux: 200.8 kg/s, wal heat flux 19.5 kW/m
inlet temperature: 117 €.
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As can be seen from the slug temperature profiles shown ineBidid and 17, since the liquid slug velocity
increases continuously as a result of acceleration of théorTaubble, the subcooling reduction is much less
pronounced as a function of distance than what would be the casetheaeodynamic equilibrium. In addition,
Figures 13-15 show that as the transition to churn flow is appeda(S/C) there is a decrease in the heat transfer
coefficient to values typical of those normally associateith wie classical behaviour (Collier and Thome, 1994;
Hewitt, 2000). Since the slug-to-churn flow transition is triggeby the collapse of the slug unit, the resulting
homogenization of the phases in the Taylor bubble region and in the diggidvould eliminate the local subcooling
effects responsible for maintaining the local heat transfiearcement. This phenomenon is most visible in Figures 15
and 17.

The ability of the methodology to predict the local heat teansbefficient behaviour is illustrated in Figures 18
and 19 for typical n-pentane and iso-octane runs. In both ceegxperimental data trends are well predicted

upstream and downstream of the saturation point (marked by “X") #sult of the calculated peaks in fhe-Tg

profiles, the zones of higher calculated heat transfer coeticé#so coincide with the experimental ones.

Results given by the Chen (1966) correlation corrected for subcadfigigs (Butterworth and Shock, 1982) are
also shown in Figures 18 and 19. As can be seen, the non-equilibriufioslugodel performs better than the Chen
(1966) correlation in both situations. In the equilibrium saturation region (d@ans of “X”), the Chen model predicts
an increase in the heat transfer coefficient, opposing thesti@nthe experimental data and of the non-equilibrium
model. In summary, as observed by Kandlbinder (1997), the model of C3®@8),(together with other flow boiling
correlations (Shah, 1982; Kandlikar, 1990; Steiner & Taborek, 1992), astueate considerably the heat transfer
coefficient in the near-zero quality region and are unable to predies of local maxima in the heat transfer
coefficient profiles. The general performance of the mogel a representative range of the database of Kandlbinder
(1997) is presented in Figure 20, where 95% of the non-equilibrium model datattiestin 18% relative error band.
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Figure 15. Slug to equilibrium bulk temperature difference as a function ahdéstiso-octane, inlet pressure: 2.2 bar,
total mass flux: 296.7 kg/s, wal heat flux 60.1 kW/fm
inlet temperature: 55.%.
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Figure 16. Axial temperature profiles (measured at the centreline — Kaaellpl997). N-pentane, inlet pressure: 6.0
bar, mass flux: 377.4 kghs, wall heat flux: 49.9 kW/finlet temperature: 67 %.
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Figure 17. Axial temperature profiles (measured at the centreline — KeaelpL997). Iso-octane,
inlet pressure: 2.2 bar, total mass flux: 296.7 Kg/mwall heat flux: 60.1 kW/fq
inlet temperature: 55%.
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Figure 18. Local heat transfer coefficient prediction. N-pentane, inletypees$.0 bar,
total mass flux: 377.4 kg/ts, total heat flux: 49.9 kW/Minlet temperature: 67 %.
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Figure 19. Local heat transfer coefficient prediction. Iso-octane, inlesymez 3.1 bar,
total mass flux: 200.8 kg/fs, total heat flux: 19.5 kW/Minlet temperature: 117°€.
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5. Annular flow of binary and multicomponent mixtures
5.1. Hydrodynamics

The physical model is schematically illustrated in Figure 2ie portion of the vertical pipe over which annular
flow occurs is divided intaM sections, 0 being the section at which the onset of annular fk@s tdace. The mass
flow rates per unit cross-sectional area, of the three fields, viz., liquid film,.F, vapour coreGC, and entrained
liquid, LE, are shown. The initial bulk concentrations (in terms of mass fractbtis2i" component in the liquid film,
entrained droplets and vapour core>eﬁ_)q£;i , XEEJ and ygc'i , respectively. An initial value is assumed for the fraction

of liquid entrained as droplets at the point of initiationref ainnular regime and the concentration of the respective
components in this initially entrained liquid is assumed equal (at this point) @f that liquid film (though differences
develop later). The transition to annular flow is determined byctitieal velocity criterion for flow reversal due to
Wallis (1969).

The number of droplets depositing per unit time per unit area oftalb@t section m is defined by the cumulative
operator as follows,

(ng)= éoné*m , (14)

where, n[")'m is the number of droplets per unit time per unit area of tudlethat were entrained at a section j (lower
than m) and that deposit at section m. Analogousl,is defined as the number of droplets per unit time per unit area
of tube wall that were entrained at section m. If the entamrand deposition rates at any point in the channel are

. m
known, thenn;™ and Ne are given by,

m
m_ E
Ng =
Mm
pc

: (15)
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. j.m
nym=2 (16)
M

where Eand D are rates of droplet entrainment and deposition leinid the mass of a droplet. Subscrigtsand
pc stand for droplet and droplet at the moment of creation, respectively.

M M M —
«— LF.XLE’ch,u m=M
Liquid film | e o
X Yae s
Entrained Gigs O
droplet - Vapour
AP oo ~®_ core

Xie i XSEJ ’ ygc,u m=3

g J
XEFl XEE\’yGZCI m=2
XiF i XiE‘\ ’ yéc,l m=1

z XEF,l , XI(_)E,\ ) ng,l m=0

ow [T ] HiH

Concentration of more volatile
component

Figure 21. A schematic of the annular flow model.

Droplets were assumed spherical and droplet diameters ioeregere calculated through the correlation of

Azzopardi et al. (1980). The entrainment and deposition r&€sndD!""were determined through a modification of
the set of correlations developed by Govan et al. (1988). A mdedlededescription of the liquid phase mass
interchange between the liquid film and the entrained droplets is given insBaabd Hewitt (2001a).

The following differential equations are obtained through malssib@s over an element of tube of lengttfor a
mixture of NOC components. Equations (17) to (19) represent overall mass conservatfenlfguid film, vapour core
and liquid entrained as droplets. Equation (20) is a component massebathe liquid film. The effect of deposition
of droplets having different concentrations is characterised by the sixras parenthesis in the RHS of Eq. (20).

%mLF :£(<D>"E"21N:?le,1')' an
%mec =£ZT‘=?Cm|,J : (18)
e = (E-(0). 19)
%XLFJ :ﬁ[({oxm)—(D)xLFVi)+zJ.N§;Cr'n|'ijF‘i -ty |- (20)

m, ; is the mass flux of component i in the evaporating streamylatdd through a model for simultaneous interfacial

heat and mass transfer based on a film (or Colburn) method in vigctffect of droplet interchange is taken into
account in the interfacial heat balance (see Section 5.2). An energy balanae element of lengttizgives,
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d
ETC W[%C TC)+(E—<D>)chE(T, —TC)], (21)

where the subscrip€ represents the homogeneous core propertiesagpd is the finite-flux gas core heat transfer

coefficient (Bird et al., 1960). The momentum conservation and addititogure relationships for hydrodynamics
were obtained from an annular flow modelling framework (Hawkes, 1B@fyosa, 2001) in which the triangular
relationship between film thickness, film flow rate and intgdbshear stress is invoked together with the relationships
for entrainment and deposition rates.

5.2. Heat and masstransfer

At each integration stepz, an iterative procedure is carried out to determine the amiaif mass fluxes,
compositions and temperature. Classically, the film interfaodition can be determined by either assuming full or no
mixing in the liquid film. For the present geometry and flow regim the liquid film, thefully mixed liquid
determinacy condition seems more appropriate. In this case, tHeadiateliquid composition is knowa priori (i.e., it
is equal to the mean film composition) and a bubble point célwolaefines the interfacial state. The solution
algorithm for the interphase heat and mass transfer calculatiofoloas (Webb, 1982),

1. Known: X, ; (XLFb,i ) Ypislcs

2. Calculate:y, ;,T, - Bubble point temperature subroutine;

3. Guess: N9, ; ;

4. Calculate:ry ; /le my ; — Eq. (26);

5. Calculate:ggc — EQ. (22);

6. Compare: Ifdgc # Gw —Yep - updatez]_l m, ; and return to step 4.

The relationships utilized in the interfacial heat and nigsative balances are summarized in Table 1. The
elements of the diagonal matrix of diffusion coeﬁicielﬁaﬂ,, are determined through an Effective Diffusivity approach
or through and Interactive Method (Taylor and Krishna, 1993). In attsey, Maxwell-Stefan diffusion coefficients for
the gas phase were calculated assuming ideal gas behaviouthesaagrelation of Fuller et al. (1964). For additional
details concerning the interphase heat and mass transfer formulagi®@arbesa et al. (2002a).

Step 6 of the iterative algorithm assum@g: =q,, — Qep, Where ggp :(E—<D>)chE(T| —TC)is the energy
released/absorbed by the entrained droplets due to entrainmerdepasition. Finally, the time-averaged wall
temperature, T, , is given by T, =T, +Qy /@, , where a ¢ is the heat transfer coefficient for the liquid film

calculated using the correlation of Chen (1966) with the (smallleatgc boiling component corrected for mixture
effects as suggested by Palen (1992).

Table 1. Summary of interfacial balance equations.

Heat Transfer Mass Transfer
doc = Zg\gcmuAhv,j +agce® (T -Te) (22) m; =y, |Z--1 m +PGCBG|(Y| i yb,i) (26)
—"; @9 [5e]-[Bolefesdol -0} @h
1
@ = a Z]-l mI ]CpGC,] (2¢ [qJ]:_Z']\I-?CmI ][BG] * (28)
GC Pcc
Qccdr 0.8p,0.4 Yo, o4
— = =0.023RegPrgc 2 [Bglds[A]™ = 0.023Re2 ( cc [A]'1] (29)
GC Ylee

In Table 1,[Bg;J is the matrix of finite-flux mass transfer coefficients agdand [GJ] are the finite-flux correction
factor for heat transfer and the finite-flux correction matrix forsieansfer (Bird et al., 1960).

5.3. Theeffect of initial entrained fraction
In single component systems, the modelling work of Govan (1990) shdwedthe behaviour of thermal

parameters such as the local heat transfer coeffiaiehthe critical heat flux are affected only slightly by fteection
of the total liquid flow entrained as droplets at the onsehobiar flow. On the other hand, it has been shown that for
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annular flow of binary (Barbosa and Hewitt, 2001a, 2001b) and of tematyres (Barbosa and Hewitt, 1999;

Barbosa et al., 2002a) significant discrepancies may developedetprofiles of local heat transfer coefficient
calculated using different (hypothetical, but within a realistinge; say, from 0% to 40%) initial entrained liquid
fractions. These discrepancies arise as the initial eattafraction affects the downstream distribution of the
components between the drops and the liquid film, giving rise to the hynmity non-equilibrium phenomenon

described in Section 3.1. It is, therefore, essential that appi®poundary conditions for the initial entrained fraction
are provided in order to solve the heat and mass transfer in flow boiling of@sixt high qualities.

An empirical correlation was developed (Barbosa et al., 2002c)Ildolate the fraction of the total liquid flow
entrained as droplets at the region of transition between the tbwrand the annular flow regimes. Measurements of
local gas and entrained liquid mass fluxes were carried out usilsgkinetic probe system. Amongst other findings, it
was observed that in the fully co-current annular flow region ldiegdlet concentration is virtually constant within the
gas core. In contrast, the churn flow regime exhibits rathep siaglial gradients of concentration which gradually
disappear with increasing gas velocity. The correlation is as follows,

eop%=—LE_ | x100= 095+32455 | 2™ 42 (30)
Mg + Mk |op PsMg

Equation 30 was used to compute the entrained fraction in adialvaivater systems and was also incorporated
into the binary and multicomponent annular flow boiling calculation framewak@a et al., 2002b). As will be seen
in Section 5.4, a comparison of local wall temperature prdifeslocal and average heat transfer coefficients for flow
boiling of binary and ternary hydrocarbon mixtures (Kandlbinder, 1997)|se&aa@ncouraging agreement between the
theory and the experimental data.

5.4. Reaults

The model predictions were extensively compared with the experimentalsatdbéandlbinder (1997) for forced
convective boiling experiments of pure hydrocarbons (n-pentane, n-hardniso-octane) and their mixtures in an
8.68 m long, vertical 321 stainless steel tube test section.nfiee and outer diameters were 25.4 and 38.0 mm,
respectively. Along the test section, bulk fluid (centreline) and emlperatures were measured.

Temperature profiles are illustrated in Figures 22 to 24yjoical conditions. In these figures, the fraction of the
total liquid flow entrained as droplets at the onset of annldaras varied from 0% to 40%. As can be seen, due to
concentration non-equilibrium between the entrained liquid and the ligmiddifferences between the core, interface
and wall temperatures (as a function of initial entrainmeéetjelop as a function of axial distance. In general,
agreement between the calculated and experimental results is very eingpurag
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Figure 22. Local wall, interface and core (centerline) temperaturecpoedas a function of initial entrained fraction.
Mixture 0.7/0.3 pentane/iso-octane (mole fraction), inlet pressure: 2.3 bar,
Wall heat flux: 49.8 kW m-2, total mass flux: 292.8 kg m-2s-1.
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Figures 25.a and 25.b illustrate the differences in bulk concentration (massjraf the more volatile component
in a binary mixture as a function of distance for differentahigintrained fractions. An opposite effect is observed in
the behaviour of concentration in the two streams as a result obthigination of preferential evaporation and initial
availability of liquid for evaporation in the liquid film (Barbosa and HewibQ2a).

In the ternary mixture case (Figure 26), differences tetwiguid film and droplets bulk concentrations (mass
fraction) are shown for the lightest (n-pentane) and heatigstoctane) components. For each component, the
differences grow larger as a function of distance, with tloplets becoming richer in the more volatile component
(Barbosa et al., 2002a).

Local heat transfer coefficient predictions are illustrateéigures 27-29. Again, the initial entrained fraction is
varied from 0% to 40%. However, curves are also shown for inittedi@ed fractions calculated according to Eq. (30)
(Barbosa et al., 2002b). The agreement with the experimentalsdsatisfactory, thus providing an indication of the
range of initial entrained fractions in such flows.
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Figure 23. Local wall, interface and core (centerline) temperaturecpoedas a function of initial entrained fraction.
Mixture 0.7/0.3 pentane/iso-octane (mole fraction), inlet pressure: 3.2 bar,
wall heat flux: 49.3 kW m-2, total mass flux: 305.0 kg m-2s-1.
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Figure 24. Local wall, interface and core (centerline) temperaturecposdas a function of initial entrained fraction.
Mixture 0.31/0.22/0.47 pentane/hexane/iso-octane (mole fraction), instpee 3.10 bar,
Wall heat flux: 49.5 kW m-2, total mass flux: 296.0 kg m-2s-1.
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Figure 25. Profiles of mean concentration of n-pentane (mass fractitwe)liguid film and in the liquid droplets. (a)
Mixture 0.7/0.3 pentane/iso-octane (mole fraction), inlet pressure: 2.3 bhheat flux: 49.8 kW m-2, total mass
flux: 292.8 kg m-2s-1. (b) Mixture 0.7/0.3 pentane/iso-octane (mole fractiost) prdssure: 3.2 bar, wall heat flux:
49.3 kW m-2, total mass flux: 305.0kg m-2s-1.
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Figure 26. Profiles of mean concentration of n-pentane and of iso-octargfi@etion) in the liquid film and in the
liquid droplets. Mixture 0.31/0.22/0.47 pentane/hexane/iso-octane (mole frairtienhpressure: 2.3 bar,
wall heat flux: 40.5 kW m-2, total mass flux: 297.5 kg m-2s-1.

The annular flow methodology was also tested with regard to tadicion of CHF (‘dryout’) of pure
hydrocarbons and mixtures (Barbosa et al., 2000). Figure 30 exhibissessaent of the ratio of the experimental to
predicted CHF as a function of pressure, inlet subcooling, taas flux and heat flux. As can be seen, the data are
predicted in the range of +/- 25%, and no systematic effeobserved for any of the parameters. A significant
improvement over existing correlations (Katto and Ohno, 1984) was obtained foymseafid for mixtures, as can be
seen from Figure 31.
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Figure 27. Local heat transfer coefficient prediction as a function ddlieittrained fraction. Mixture 0.7/0.3
pentane/iso-octane (mole fraction), inlet pressure: 2.3 bar, wall heat flux: \ Q8%
total mass flux: 292.8 kg m-2s-1.

Overall, a simple evaluation of the performance of the improvedadelogy for mixtures can be devised in terms
of the heat transfer coefficient averaged over the porfidtheopipe in which annular exists (Barbosa et al., 2002b). In
Tables 2 and 3, an assessment of the inclusion of the inittedireed fraction correlation in the calculation
methodology is made through a comparison of the paramgiefdefined through Eq. 31) for different initial entrained

fractions,

(@)
fesp =71 > (31)
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Figure 28. Local heat transfer coefficient prediction. Mixture 0.7/0.3 peigastetane (mole fraction),
inlet pressure: 3.2 bar, wall heat flux: 49.3 kW m-2, total mass flux: 305.0 kg m-2s-1.
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Figure 29. Local heat transfer coefficient prediction. Mixture 0.31/0.22/0.4Zn@hexane/iso-octane (mole fraction),
inlet pressure: 3.11 bar, wall heat flux: 38.6 kW m-2,
total mass flux: 304.7 kg m-2s-1.

where (@, is the calculated heat transfer coefficient averaged tweetength of the pipe over which annular flow
takes place. In calculatingr,), it is assumed that an entrained fractef is available for evaporation at the onset of

annular flow. Analogously(ﬁexp> is the experimental heat transfer coefficient averaged over thé lefthhe pipe over

which annular flow exists. In those tablesg,, is calculated using the initial entrainment fraction giventhoy
correlation of Barbosa et al. (2002c) and compared With 1ms s 200, aNd Iy -
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Figure 30. Predictions of CHF in mixtures.

In Tables 2 and 3, the values bfclosest to unity were highlighted for each condition. Although tisalts
obtained using the correlation for entrained fraction provide a guegtiction of the experimental data (in terms of the
average heat transfer coefficient), they do not correspond bethestimate for each condition. It does seem that there
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is an effect of total mass flux and system pressure on tied gmtrained fraction which gives the best agreement and
this effect is not picked up by the correlation. A reason ferrtay be sought in the effect of physical properties on the
initial entrained fraction (viscosity and surface tension aretai@n into account by the correlation). It can also be
observed that the effect of initial entrained fraction becoma® important with increasing system pressure (Barbosa
et al., 2002b).
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Figure 31. Prediction of CHF for single components (SC) and for mixtures (M

A subsequent work (Barbosa et al., 2003) looked into the hydrodynamic ndibregui (droplet interchange
coupled with mixture effects) in condensation of binary and multicommonixtures. The key idea is that the same
effects responsible for a deterioration of the heat transfer ceeffici boiling would now be resulting in a heat transfer
enhancement in condensation. There was some indication inetaduiie of condensation enhancement in refrigerant
mixtures (Cavallini et al., 1999), but there remained the challenge of qiramtifie heat transfer gain adequately.

In practice, the effect of droplet interchange on condensatidrirbaafer is not as pronounced as on boiling due to
the contributions of two aspects, (i) typical boiling rangesatdtaristic of condensation experiments are not as high as
those encountered in boiling experiments (Barbosa et al., 2003j10i@ importantly, in evaporation, diffusive mass
transfer and droplet interchange work in the same direction, i.eardeva deterioration of the heat transfer coefficient.
In condensation, however, a possible increase in the heat transfer auedfisieciated with droplet interchange may be
cancelled out or overcome by the decrease due to mass transferaesistan

Table 2. Values of r% (Eqg. 31) for binary mixtures (0.7/0.3 mole n-pentaneteedc
Pressure in bar, mass flux in kg/m2s1, heat flux in W/m2. Data of Kandlbinder (1997).

P ali dw €% Feve Fo%e LT3 o0 Fao%
216 2055 394 6.8 0.9396 0.9605 0.9268 0.8844 0.8423
225 288.0 39.7 7.8 1.0107 1.0385 1.0022 0.9618 0.8665
249 496.8 40.1 9.6 1.1330 1.1474 1.1324 1.1156 1.0542
3.07 197.6 39.8 5.3 1.0488 1.0652 1.0286 0.9838 0.8893
3.08 301.1 395 6.4 1.0242 1.0455 1.0102 0.9707 0.8794
285 509.8 399 9.0 1.0189 1.0339 1.0174 1.0076 0.9779
599 198.1 394 34 1.0796 1.0937 1.0507 1.0024 0.9018
597 300.0 394 4.1 1.0507 1.0650 1.0257 0.9819 0.8833
9.96 2034 48.8 25 1.1056 1.1182 1.0655 1.0045 0.8359
10.19 306.1 394 29 1.2155 1.2309 1.1799 1.1310 1.0099
10.26 508.0 49.4 3.6 1.2641 1.2804 1.2395 1.2045 1.1039
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Table 3. Values of r% (Eq. 31) for ternary mixtures (0.31/0.22/0.47 mole nrgémiaexane/iso-octane).
Pressure in bar, mass flux in kg/m2s1, heat flux in W/m2. Data of Kandlbinder (1997).
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Figures 32 and 33 illustrate variations of liquid film and drapheean concentration for boiling and condensation,
respectively (Barbosa et al., 2003). Figure 32 represents aal astoerimental condition (boiling) analysed by
Kandlbinder (1997), whereas the condition depicted in Figure 33 is a ‘iatherondensation experiment with
identical conditions. Zero initial entrained droplet fraction wasia®ed in both cases. As can be seen, the difference in
concentration between film and droplets is not as high in condemsatit is in boiling due to different ‘directions’ of
droplet interchange and mass transfer resistance with regdweht transfer behaviour. Finally, Figure 34 exhibits a
comparison between predicted and experimental local heat transfécients (Cavallini et al., 1999) for convective
condensation of R407-C (a non-azeotropic ternary refrigerant mixgajn, agreement with the experimental data is
encouraging.
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Figure 32. Liquid and droplets concentration in boiling. Mixture 0.7/0.3 pentane/iso-@uialedraction),
inlet pressure: 2.3 bar, wall heat flux: 49.8 kW m-2, total mass flux: 292.8 kg m-2s-1.
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Figure 33. Liquid and droplets concentration in condensation (hypothetical casa)reMixt/0.3 pentane/iso-octane
(mole fraction), inlet pressure: 2.3 bar, wall heat flux: 49.8 kW m-2, tatabrilux: 292.8 kg m-2s-1.

8000 r r r I

6000 —

4000 —

Condensation of R-407C

2000 —

‘S ata of Cavallini et al. (1999

14
A

200 kg/m2s
400 kg/m2s
750 kg/m2s

PREDICTED HEAT TRANSFER COEFFICIENT (W/m2K)
N
\

0 2000 4000 6000 8000
MEASURED HEAT TRANSFER COEFFICIENT (Wm2K)
Figure 34. Prediction of forced convective condensation of R-407C.

6. Conclusions

Recent advances in modelling of convective phase change florgsaddressed in this lecture, emphasizing the
description of macroscopic thermodynamic and hydrodynamic non-equilibrium phenomena

In the first case of non-equilibrium modelling reviewed here, ailehwas presented to predict heat transfer
coefficient peaks observed in the near-zero quality regitmiimg of hydrocarbons (Kandlbinder, 1997; Urso et al.,
2002). The kernel of the model was the occurrence of instabiki@eing to the formation of a non-equilibrium slug
flow regime in which the Taylor bubbles are separated by subcooled liquid Barisa and Hewitt, 2004).

The non-equilibrium slug flow model is the first model to prediet éxperimental trends of heat transfer (i.e.,
peaks). The heat transfer coefficient peaks coincide witkspeathe (calculated) difference between the equilibrium
bulk and the average slug body temperatures. There is, tlgrafoiindication that the slugs remain subcooled for
distances longer than would be the case in equilibrium flows. Theesdt is a lower calculated wall temperature in
the slug region, leading to an increase in the heat transfer coef@alenlated through Eq. (1).
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In the second case, an extensive annular flow calculation methodoleglydratocal mass, momentum and energy
balances in the three fields, viz., film, droplets and vapour rexdaswed. This was also a pioneering methodology in
predicting the heat transfer deterioration observed at higlitigsah boiling of mixtures. The differences between the
non-equilibrium methodology and the ‘classical’ (equilibrium) predicticgthomds arise mainly from two causes.
Firstly, differences in concentration are developed betweemritrained droplets and the liquid film as a result of
different phase change driving forces imposed to the two stréamsntrast, traditional methods implicitly assume
that concentration is unique in the liquid phase). Secondly, compéfaitil heat and mass transfer interactions give
rise to temperature differences between the film interéaw the vapour core. An association of these two phenomena
explain the deterioration observed in the heat transfer coefficidaailing and, to some extent, an enhancement in heat
transfer in condensation.

7. Acknowledgements

The author thanks Prof. G.F. Hewitt, FRS, FREng (ImperialeGe) for encouragement and stimulating
discussions. The financial support of CNPg and FUNCITEC (Santa Zgtarialso acknowledged.

8. References

Azzopardi, B.J., Freeman, G. and King D.J., Drop sizes and depositiomufaatwo-phase flow, UKAEA Report
AERE-R9634, 1980.

Baehr, H. D. and Stephan, K., Heat and Mass Transfer, Springer-Verltg, B&98.

Barbosa, Jr., J.R., Phase Change of Pure Fluids and Mixtures in ARlowaiPh.D. thesis, Imperial College, London,
2001.

Barbosa, Jr., J.R. and Hewitt, G.F., A model for convective boilingrofry mixtures, Proc."6UK National Heat
Transfer Conference, pp. 169-174, Edinburgh, UK, 1999.

Barbosa, Jr., J.R. and Hewitt, G.F., Forced convective boiling of binixtyres in annular flow. Part I: Liquid phase
mass transport, International Journal of Heat and Mass Transfer 44, pp. 1463aD1&4

Barbosa, Jr., J.R. and Hewitt, G.F., Forced convective boiling of binary mixtures iarditowl Part 1l: Heat and mass
transfer, International Journal of Heat and Mass Transfer 44, pp. 1475-1484, 2001b.

Barbosa, Jr., J.R. and Hewitt, G.F., A thermodynamic non-equilibrium lelwgnfiodel, Journal of Heat Transfer —
Transactions of the ASME, in press, 2004.

Barbosa, Jr., J.R., Kandlbinder, T.K. and Hewitt, G.F., A study of dryownhular flow of single component
hydrocarbons and their mixtures, Multiphase Science and Technology 12(3/4), pp. 2866203

Barbosa, Jr., J.R., Kandlbinder, T.K. and Hewitt, G.F., Forced comedmiling of ternary mixtures at high qualities,
International Journal of Heat and Mass Transfer 45, pp. 2655-2665, 2002a.

Barbosa, Jr., J.R., Hewitt, G.F. and Richardson, S.M., Improved annular ftmellimg of pure fluids and
multicomponent mixtures, Chemical Engineering Research andré&iansactions of the IChemE, 80, Part A,
pp. 261-266, 2002b.

Barbosa, Jr., J.R., Hewitt, G.F., Kdnig, G. and Richardson, S.M., Liquicimment, droplet concentration and
pressure gradient at the onset of annular flow in a vegipal International Journal of Multiphase Flow 28, pp.
943-961, 2002c.

Barbosa, Jr., J.R., Hewitt, G.F. and Richardson, S.M., A note on the influence of iteptdange on evaporation and
condensation of multicomponent mixtures in annular flow, Internationahdbof Heat and Mass Transfer 46, pp.
2505-2509, 2003.

Barnea, D. and Yacoub, N., Heat transfer in vertical upwarsidiqgad slug flow, International Journal of Heat and
Mass Transfer 26, pp. 1365-1376, 1983.

Bird, R.B., Stewart, W.E. and Lightfoot, E.N., Transport Phenomena, John Wiley &Mmnsyork, 1960.

Butterworth, G. and Shock, R.A.W., Flow Boiling, Prol. Ifternational Heat Transfer Conference, Munich, Vol. 1,
pp. 11-30, 1982.

Cavallini, A., del Col, D., Doretti, L., Longo, G.A., Rossetto, L., Condémsaf R-22 and R-407C inside a horizontal
tube, Proc. 2D International Congress of Refrigeration, IIR/IIF, Sydney, AustraBg9.

Celata, G.P., Cumo, M. and Setaro, T., A review of pool and forced civevdmiling of binary mixtures,
Experimental Thermal and Fluid Science 9, pp. 367-381, 1994.

Cheah, L.W., Forced Convective Evaporation at Sub-atmospheric Prd3sibe thesis, Imperial College, University
of London, 1995.

Chen, J.C., A Correlation for Boiling Heat Transfer to Saturated$-ini Convective Flow. Industrial and Engineering
Chemistry: Process Design Develop., vol. 5(3), pp. 322-329, 1966.

Chun, K.R. and Seban, R.A., Heat Transfer to Evaporating Liquid Rltmashal of Heat Transfer — Transactions of the
ASME, vol. 93, pp.391-396, 1971.

Collier, J.G. and Thome, J.R, Convective Boiling and Condensatidig 30xford University Press, 1994.



Proceedings of ENCIT 2004 -- ABCM, Rio de Janeiro, Brazil, Now R&c. 03, 2004, Invited Lecture — CIT04-ILO1

De Cachard, F. and Delhaye, J.M., A Slug-Churn Flow Model for Smath&gx Airlift Pumps, International Journal
of Multiphase Flow, vol. 22(4), pp. 627-649, 1996.

Fernandes, R.C., Semiat, R. and Dukler, A.E., Hydrodynamic Model foLiGaig Slug Flow in Vertical Tubes.
AIChE Journal, vol. 29(6), pp. 981-989, 1983.

Fuller, E., Schettler, P.D. and Giddings, J.C., A new method for pirediot binary gas-phase diffusion coefficients,
Industrial Engineering Chemistry, 58(5), pp. 19-23, 1964.

Govan, A.H., Modelling of Vertical Annular and Dispersed Two-Phase<|8h.D. thesis, Imperial College, London,
1990.

Govan, A.H., Hewitt, G.F., Owen, D.G. and Bott, T.R., An improved CHF modeitidg, Proc. ¥ UK National Heat
Transfer Conference, pp. 33-48, London, UK, 1988

Hawkes, N.J., Wispy-Annular Flow, Ph.D. thesis, Imperial College, London, 1996.

Hewitt, G.F., Challenges in Boiling Research, Keynote Lectuséing 2000: Phenomena and Emerging Applications,
UEF, April 30-May 5, Anchorage, AK, 2000

Hewitt, G.F. and Hall-Taylor, N.S., Annular Two-Phase Flow, Pergamon Press, 1970

Hewitt, G.F., Shires, G.L. and Bott, T.R., Process Heat Transfer, G&S, FHorida, 1994.

Jayanti, S. and Hewitt, G.F., Prediction of the Slug-to-Churn Transiti Vertical Two-Phase Flow, International
Journal of Multiphase Flow, vol. 18(6), pp. 847-860, 1992.

Jeglic, F.A. and Grace, T.M., Onset of Flow Oscillations in &brElow Subcooled Boiiling. NASA Technical Note
TN D-2821, Lewis Research Center, Cleveland, Ohio, USA, 1965.

Kandlbinder, T.K., Experimental Investigation of Forced ConvectivdirBpiof Hydrocarbons and Hydrocarbon
Mixtures, Ph. D. thesis, Imperial College, 1997.

Kandlikar, S., A General Correlation for Saturated Two-PHde® Boiling Heat Transfer Inside Horizontal and
Vertical Tubes. Journal of Heat Transfer, vol. 112, pp. 219-228, 1990.

Kattan, N., Thome, J.R. and Favrat, D., R-502 and Two Near-Azeotrogimalives: Part | — In-Tube Flow Boiling
Tests. ASHRAE Transactions, vol. 101, Part 1, pp. 491-508, 1995.

Katto, Y. and Ohno, H., An improved version of the generalisedlatime of critical heat flux for forced convective
boiling of uniformly heated vertical tubes, International Journal edtHand Mass Transfer 27, pp. 1641-1648,
1984.

Orell, A. and Rembrand, R., A Model for Gas-Liquid Slug Flow in erti¢al Tube. Industrial and Engineering
Chemistry: Fundamentals, vol. 25, pp. 196-206, 1986.

Palen, J.W., Shell-and-Tube Reboilers: Thermal Design, in: G.F. H@&«lif), Handbook of Heat Exchanger Design,
Begell House, New York, pp. 3.6.2-1 — 3.6.2-12, 1992,

Saha, P. and Zuber, N., Point of Net Vapor Generation and Vapor Vadtidfr in Subcooled Boiling, Proc™5
International Heat Transfer Conference, Tokyo, Paper B4.7, 1974.

Shah, M.M., Chart Correlation for Saturated Boiling Heatn$far: Equations and Further Study. ASHRAE
Transactions, vol. 88(1), pp. 185-196, 1982.

Shatto, D.P., Vertical In-Tube Flow Boiling of Mixtures, Ph.D. thesisased&M University, 1998.

Steiner, D. and Taborek, J., Flow Boiling Heat Transfer irtid@rTubes Correlated by an Asymptotic Model. Heat
Transfer Engineering, Vol. 13(2), pp. 43-69, 1992.

Shock , R., Evaporation of binary mixtures in upward annular flow, Interredtdournal of Multiphase Flow 2, pp.
411-433, 1976.

Sun, G., Hewitt, G.F. and Wadekar, V.V., A heat transfer model for slug flow inzphial tube]nternational Journal
of Heat and Mass Transfer 47, pp. 2807-2816, 2004.

Sylvester, N.D., A Mechanistic Model for Two-Phase Vertigalg Flow in Pipes. Journal of Energy Resources
Technology, vol. 109, pp. 206-213, 1987.

Taylor, R. and Krishna, R., Multicomponent Mass Transfer, John Wiley & Sons, NekyN93.

Thome, J.R., Flow Boiling in Horizontal Tubes: A Critical Ass@ent of Current Methodologies. Prot.Symposium
on Two-Phase Flow Modelling and Experimentation Conference, Vol. 1., pp 41-52, 1995.

Thome, J.R. and Shock, R., Boiling of multicomponent liquid mixtures, Aabsin Heat Transfer 16, pp. 59-156,
1984.

Urso, M.E., Wadekar, V.V. and Hewitt, G.F., Flow Boiling at Lovadd Flux, Proc. f2International Heat Transfer
Conference, Grenoble, pp. 803-808, 2002.

Wadekar, V.V., Convective heat transfer to binary mixtures in annular two-finaselTFS RS AERE R13815, 1990.

Wadekar, V.V. and Kenning, D.B.R., Flow Boiling Heat Transfer inti¢ar Slug and Churn Flow Region, Pro 9
International Heat Transfer Conference, Jerusalem, Vol. 3, pp. 449-454, 1990.

Wallis, G.B., One Dimensional Two-Phase Flow, Mc-Graw-Hill, New York, 1969.

Webb, D.R., Heat and mass transfer in condensation of multicomponents;apac. 7 International Heat Transfer
Conference, pp. 167-174, Munich, 1982.

Webb, R.L. and Gupte, N.S., A critical review of correlations for cctive vaporization in tubes and tube banks, Heat
Transfer Engineering 13, pp. 58-81, 1992.



Proceedings of ENCIT 2004 -- ABCM, Rio de Janeiro, Brazil, Now R&c. 03, 2004, Invited Lecture — CIT04-ILO1

Wettermann, M. and Steiner, D., Flow boiling heat transfer chaisizcte of wide-boiling mixtures, International
Journal of Thermal Sciences 39, pp. 225-235, 2000.



